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Abstract

Sieve trays are widely used in the gas- liquid contactors such as distillation and absorption towers.
In this article, a three-dimensional, two phase CFD model using Euler-Euler framework was developed
to simulate a distillation tower with two sieve trays. Hydrodynamic simulation of air and water system
in different rates of gas phase was carried out and velocity distribution parameters, clear liquid height
and froth height were calculated and compared to the experimental data and the literature simulation
result. Liquid velocity distributions on the two trays were found to be in relatively good agreement with
experimental data. It was found that heights of accumulated liquid in the down-comers are not equal.
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1. Introduction

Distillation is the dominant separation
process in the chemical and petroleum
industries. One of the major factors that
favor distillation is the fact that large
diameter columns can be designed and built
with confidence. Columns with sieve trays
have been used in the chemical and
petrochemical industry for their simplicity,
low construction cost and low pressure drop
[1, 2, 3]. Knowledge of tray hydraulics is
necessary for the prediction of separation
efficiency and overall tray performance.
Tray efficiency depends on many involved
interrelated parameters; one of them is the
flow pattern of a gas-liquid mixture. Flow
could follow either froth or spray regime
[4]. In recent years, there are considerable
academic and industrial interests in the use
of computational fluid dynamics (CFD)
model for describing the hydrodynamics of
sieve trays [4, 5]. The important advantage
of the CFD simulations is that the influence
of tray geometry is automatically taken in to
account by the CFD codes. Krishna et al.
[6], and Van Baten and Krishna [7]
developed a three-dimensional CFD model
to study hydrodynamics of a circular sieve
tray. The gas and liquid phases were treated
as interpenetrating continuous phases and
modeled within the Eulerian framework.
Wang et al. [8] used a 3-D pseudo-single-

phases velocity and concentration on a
distillation column tray and estimated an
overall efficiency of 10-tray column. Fisher
and Quarini [9] presented a 3-D transient
model for vapor liquid hydrodynamics; they
assumed a constant value of 0.44 for drag
coefficient which is applicable for large
bubbles. Gesit et al. [4], developed a 3-D
CFD model to predict velocity distributions,
clear-liquid height, froth height, and liquid
holdup fraction in froth for various
combinations of gas and liquid rates. Their
study included only halve of the circular
tray as the assumption of tray symmetry
were made. Rahimi et al. [10] and Noriler et
al. [11] further developed the CFD model to
predict concentration and temperature
distributions of rectangular and circular
sieve trays. They focused on the
development of reliable correlations for heat
and mass transfer coefficients as well as
reliable closure models. Malvin et al. [12],
developed a 3-D CFD model based on the
VOF-LES model to study the characteristics
of the prevailing flow regimes in distillation
sieve tray. They have concluded that the
sphere equivalent diameter, dgopeq ,Of @
droplet or a bubble is inversely proportional
to the gas superficial velocity, and is
directly  proportional to the liquid
volumetric flow rate, Q..
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Moreover, the previously mentioned CFD
simulation models of sieve trays effectively
focused on the hydraulic behavior of trays
and did not include mass and heat transfer
effects [10,11]. CFD simulation results can
closely match experimental measurements
as long as both are performed on the same
model geometry. In this work, a CFD model
has been developed to predict the flow
patterns and hydraulics of a column having
two sieve trays that uses air-water system.
The complete experimental geometry,
including whole sieve trays, inlet and outlet
down-comers, were modeled based on the
experimental work of Solari and Bell [13]
sieve tray.

In order to resemble the experimental
trays as closely as possible to the actual
distillation tower, a gas distributor chamber
under the lowest sieve tray included. Liquid
velocity distributions, clear liquid height,
froth height, dry pressure, average liquid
and froth heights were reported and were
compared with the available experimental
results [13].

2. Model equation

The numerical simulations presented are
based on the two-fluid model in Eulerian-
Eulerian approach because it gives better
opportunities to study phase interactions
and phase separation. In Eulerian- Eulerian
point of view a volume control with fixed
coordinates in fluid is considered. With the
model focusing on the froth region of the
sieve tray, the liquid and gas phases are
taken to be the continuous and dispersed
phases, respectively. Simulation used k-€
two equations model for turbulent
characteristics of froth region of tray. This
model verified and used extensively [4, 6,
10, 14].

Modeling two phase flow requires the use
of appropriate conservation equations that
can account for the behavior of each of the
phases and the interactions between them.

The continuity equations for the gas and
liquid phases are given by equations 1 and
2, respectively. Additional equations that

have taken the effects of phases interactions
follow;

Continuity equation of the dispersed gas
phase:

2
(rg_tp(;) + V. (5pcVs) =0 1)

Continuity equation of the continuous liquid
phase:

2
(raL—tpL) +V.(r,pV) =0 (2

Where, p, r and V represent the density,
volume fraction and velocity vector,
respectively. The subscript letters of G and
L are for the dispersed and the continuous
phases, respectively.

2.1. Momentum equation

Conservation of gas and liquid phases
momentums are given by equations 3 and 4,
respectively. An accurate treatment of fluid
momentum is important for several reasons.
First, it is the only way to predict how fluid
will flow through complicated geometry.
Second, the dynamic forces (i.e., pressures)
exerted by the fluid can only be computed
from momentum considerations.
Gas phase:

9
~ 6paVe) + V. (16 (peVeVe)) =

—16VPg + V. (Totterr,c (W5 + (WVe)T)) —
Mg, @)

Liquid phase:

F)

P (rpLVy) + V. (TL (pLVLVL)) = -1, VP, +
V. (rL.ueff,L Vv, + (VVL)T)) + Mg, (4)

The gas and liquid volume fractions, r;
and r, are related by the summation
Constraint as:

rg+rn =1 (5)
This is given by constraint on the pressure,
namely that two phases share the same
pressure field:
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P; =Py (6)

The effective viscosities of the gas and
liquid phases are perre and perr;
respectively.

Heff,G = Waminar ,G + Hturbulent ,G (7)

Heff 1. = HMaminar L + Hturbulent L (8)

The term Mg, in the momentum equations
represents interphase momentum transfer
between the two phases. This will elaborate
in section 2.2.

2.2. Closure models

Solution of continuity and momentum
equations, equations 1 to 4, for velocities,
pressure, and volume fractions require
additional equations that relate the inter
phase momentum transfer term, M., and
the turbulent viscosities to the mean flow
variables.  The inter phase momentum
transfer term, M, is basically inter phase
drag force per unit volume. With the gas as
the disperse phase, the equation for Mg, is

3C

Where |V; —V,| is the relative velocity
between the phases. d is the Sauter mean
diameter of bubbles (equation 10), and Cj, is
drag coefficient.

xngd;

The local Sauter mean diameter (d;) is
required for using in Eq. 9.

As one can anticipate measurement of
bubble size is not well accurate but, the
procedure proposed by Krishna et al. [15]
has resolved that obstacle. Drag
coefficientCp, for the rise of a swarm of
large bubbles in the churn turbulent regime
is [15];

4pr— 1
Cp = 5222 gdg 1 (1)

Where the slip velocity, Vg, = [V — V.,
is estimated from the gas superficial
velocity, V,. The average gas holdup
fraction in the froth region is estimated as;

Vs

Vs rmerage (12)

lip
Bennett et al.[16], correlation is used to

estimate the average gas hold-up:

average __
L0 =

1—exp [—12.55(115 //)L”TGM)O-%] (13)

From the given equation the inter phase
momentum transfer term as a function of
local variables becomes [15]:

2

(raverage )
Mg, = mg (pL —
P61 Ve = Vi (Ve — V) (14)

Interestingly this relation is independent
of bubble diameter, and is its major
preference over other relations.

The turbulence viscosities were related to
the mean flow variables by means of the
standard k-e turbulence model with default
model coefficients [4, 17]. As the
momentum transfer by the gas due to its law
mass holdup compared to the liquid hold up
was low, turbulence models were not used
for the gas phase.

3. Flow geometry

Figure 1 shows the geometry and
boundaries of the model. The liquid enters
from the down-comer of the top tray while
vapor flows through the holes which give a
multi orifice effect. The wvapor must
overcome the resistance of liquid on the
trays to move up through the column whilst
keeps the liquid from flowing down through
the holes (weeping). Upon the contact
between vapor as bubbles and the liquid
froth region, shape and mass transfer
occurs. Separation of gas from the froth
occurs above the froth height. VVapor flows
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up to the upper tray and liquid flows down
to the lower tray. Trays has a diameter of
1.213 m, a 13% downcomer area, a weir
height of 0.05 m, a downcomer clearance of
0.038 m, and a 5% hole area with 0.0127-
m-diam holes arranged in a 0.05-m
triangular pitch. Table 1 presents tray
specifications [13, 18].

Tablel:Tray specification

Tray diameter(m) 1.213
Tray spacing (m) 0.61
Holes diameter (m) 0.0127

Outlet weir height (m) 0.05
Downcomer clearance 0.038
(m)
Hole area 5% (over
bubbling area)
Pitch, triangular (m) 0.05
D 13% (total
owncomer area
area)
Weir length (m) 0.925

In Figure 1, the y axis is the flow
direction, z is perpendicular to the flow
direction in a horizontal plane or transverse
direction and x is the vertical axis.

Vapor gas out

Liqud imlet

Tray 1

Tray 2

Vapor chamber

Figure 1: The simulated sieve tray geometry

4. Grid size sensitivity

The available ANSYS Workbench [19]
software automatically meshed the model
geometry. It states that “Mesh density is

based on the de-featuring tolerance and
maximum element size parameters. These
parameters apply to the whole structure,
although parts or bodies of the structure can
be suppressed to prevent unnecessary
meshes being created.

If suppressed, they will be excluded from
the analysis and subsequent result will
display. The default mesh settings were also
mostly qualitative, which mean even lesser
control of the mesh by the user.” Hybrid
mesh has been employed for the gridding
the geometry. Grids have tetrahedral shape,
wedge, and are pyramid types. For testing
the grid independency of the solutions, 3D
meshes, which contained 112458, 202352,
269105, 350789 and 480256 cells, were
used, respectively.

As it is shown in Figure 2, with increasing
number of grids, the CFD predication
results for clear liquid height became
insignificantly better. After the specified
number of elements, the results did not have
obvious change. Therefore, the 269105 cells
were used as a grid independent case for the
computation.

Moreover, these selected cells were
confirmed by the comparison between
simulation result and experimental data.
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Figure2: Test of number of cells on computational
results for grid independency for constant F-
factor (Fs=1.015m/s2 QL=10.0178).

5. Boundary conditions

Boundary condition must be applied to all
bounding regions of domains. Boundary
conditions can be inlets, outlets, openings,
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wall, and symmetry planes [19]. The overall
flow patterns on the distillation tray are
highly sensitive to the inlet boundary
conditions. The nature of mathematical
modeling is such that the equations
governing the phenomena must be solved
over a domain of interest by isolating the
domain from the surrounding through the
proper choice of boundary conditions [20].

5.1. Liquid inlet
Uniform liquid inlet velocity profiles were
applied as:

QL

UL,in = th—XW JuL,y.in =0 yULz,in = 0
(15)

Where W is the weir length and hy,. is the
downspout clearance height. The liquid
volume fraction at the liquid inlet was taken
to be unit, since only liquid should enter the
tray deck through the downspout clearance

[4].

5.2. Gas inlet:

The gas velocity through each hole was
calculated based on the assumption that
mass flow rate through each holes are equal:

VA
uG,in = AHB (16)

Where, Ay is the total holes area and Ag
is the tray bubbling area. V; is the gas-phase
superficial velocity based on bubbling area.
The gas inlet to the chamber area was
calculated by Eq. 17.

Vs=Fs/\/pq (17)

The F-factor, Fs, is equivalent of the
square root of the kinetic energy of the
vapor. Here, the velocity in Eg. 17 is based
on the bubbling area Ag. One should be
aware that Vs has been reported based on
the net area Ay [1].

5.3. Outlet boundaries:

The vapor and liquid outlet boundaries are
specified as mass flow boundaries with
fractional mass flux specifications. The gas
and liquid outlet specification were in
agreement with the specification of inlet
where only one fluid was assumed to enter
[10, 21].

5.4. Wall boundary condition:

Wall boundary condition is used to bound
fluid and solid regions. A no-slip wall
boundary condition was specified for liquid
phase while a free slip wall boundary
condition was used for the gas phase.

6. Result and discussion

Simulation runs ended up by reaching
steady state numerically. States of steady
state were recognized by considering
variation of clear liquid height with time.
Figure 3 shows that at least about 21
seconds is required for reaching a quasi-
steady state but most runs continued up to
30s.

“-Tray &
- T, |

,,l',q

W

Clear liguid height(m)

e (5)

Figure3: Clear liquid height variation as a
function of time for constant F-factor
(Fs=1.015m/s? Q_= 0.0178). Number of cells are
269105.

Furthermore, the process of distillation
sieve tray was studied in transient state. The
high resolution and upwind advection
schemes were used for solving equations.
Time increment used in the simulation was
5.0x10%s. The used boundary condition in
the present work prevented the weeping
phenomena. Physical properties of air and
water at constant experimental condition of
25 °C were also employed [13].

6.1 Hydrodynamics

The liquid height on the tray in the
absence of vapor flow and weeping of the
liquid is called clear liquid height or liquid
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holdup in the system. The clear liquid
height of sieve tray is related to the gas
velocity, liquid load and weir height, its
knowledge is required for the prediction of
hydraulics parameters such as, average
residence time distribution of liquid,
pressure drop and efficiency. At steady state
condition, clear liquid height remains
practically constant for the long period of
time. The froth region is usually defined as
the region in which the liquid volume
fraction is greater than 10%. Thus, the
average froth height has been calculated as
the area average over the tray deck ((y, z)
plane) of the vertical at distance (x) from
the tray floor at which the liquid volume
fraction starts to fall below 10%. On
industrial size sieve trays, the froth height is
typically an order of magnitude smaller than
the tray diameter [22]. Moreover, available
experimental data of Solari and Bell [13,
18] has been used while liquid velocity
profile, clear liquid height, froth height band
and froth height were calculated by the use
of CFD at varying rate of gas phase (Fs=
0.464, 0.801, 1.015, 1.464 m/s (kg/m°)"?)
and liquid loads, Q., of 0.00694 m3 /s and
0.0178m?%/s.

Simulation results were compared not
only with the experimental data of Solari
and Bell [13] but also with the data obtained
by using correlations of Bennett et al., Eq.
13, [16] for average gas hold up.
Furthermore, the model results were
compared with the CFD simulation results
model of Gesit et al. [4].

The noticeable point was that the CFD
predicted results of the current work, shown
in Figures 4 to 10, were closer to the
experimental data of Solari and Bell and
Bennett et al. correlation than those
obtained by Gesit et al. [4] whom assumed
symmetry in their models. That is because,
even though, there appears symmetry in tray
geometry the flow is in reality does not
show a symmetrical behavior.

It is recommended in CFD modeling, if
computational resources permit, one should
use an actual geometry of the equipment.

Figure 4 shows variation of clear liquid
height with either liquid load or Fs. In
Figure 4(a).

In Figure 4 (b), with the increase in F; at
constant flow rate of liquid,
(Q.=0.0178m%s), the clear liquid height
predictions are comparable. Notice should
be made that hydrodynamic behavior of
trays 1 and 2 are not similar. Thus, the
efficiency of each tray is unique which
depends on the tray hydrodynamics.
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Figure4: (a) clear liquid height variation as a
function of Q, for constant F-factor (Fs=0.462
m/s(kg/m®)®®). Comparison with experimental
and CFD (b) Clear liquid height variation as a

function of F for constant liquid rate
(Q.=0.0178m°/s) comparison with experimental
and CFD.

Fs was 0.462 m/s (kg/m*)°° It is illustrated
that even at these low Fs the spray regime
prevails because at low liquid load, the
difference of all model predictions with the
experimental results is high.

Figure 5 shows froth height variation as a
function of F for constant Q,=0.0178 m®/s.
Estimated values by Benett et al. correlation
is lower than the other estimated values.
However, CFD froth height predictions and
that of Benett et al. are comparable. This
justified the use of Benett et al. correlation
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by the Gesit, et al. [4] and Rahimi et al. [10] - b nd Bell |13
in their CFD models that had one tray in : o
their geometry.
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Figure7: Liquid velocity vector profile, QL
=0.00694 m3 /s, Fs=1.015: (a) upstream profile;

volume fraction in froth with the variation
of F, for constant Q.=0.0178 m®/s.
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In this figure, the different prediction of , | o
Benett et al. correlation is clear. The Bennet Gl resle s
et al. correlation for clear liquid height is
[16]:

Liguid V Velocity (w/c)
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h, =(@.0-rZ 9)[m+C(H(1_O_rgve,age)) 13
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Disensisders Coordinate bn the Traverse Dirvedon, 2R

Figure 8 (b)

Figure8: Liquid velocity vector profile, Q_
C =0.5+0.438exp(-137.8h, ) (19) =0.00694 m3 /s, Fs=1.462 m/s (kg/m®)°®: (a)

upstream profile; (b) downstream profile.

However we have anticipated the
requirements of a deeper insight towards the
use of Benett et al. correlations, even in
CFD modeling of the sieve trays.
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6.2 Velocity Profiles

The velocity of liquid, V, in the transverse
direction to the liquid flow is presented in
Figures 7 to 10.

The time average of liquid measurements
velocity was made along the lateral (z)
direction at two locations on the tray:
0.3235 m from the inlet downspout
(referred to as the "Upstream’ location in
subsequent discussion) and 0.21m from the
outlet downspout (referred to as the
‘Downstream’location in subsequent
discussion) [13].
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Figure9: Liquid velocity profile, Q_ =0.0178 m3™,
Fs=0.462 m/s (kg/m3)°°: (a) upstream profile; (b)
downstream profile.

The velocity that was predicted by the
present model and was compared with the
experimental data shows reasonable
agreement in spite of having some
deviations. The discrepancy may be due to
the following reasons. Solari and Bell [13]
made linear liquid velocity measurements
along two lines perpendicular to the liquid
flow direction on a plane 0.038 m above the
tray floor. As Solari and Bell [13] remarked,
the gas rate plays an important role in
determining the liquid-velocity distribution.
It has been observed that at very low liquid
rates, the liquid inlet velocity profile has a
strong influence on the liquid flow profile
within the tray [1].
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Figurel0: Liquid velocity profile, QL =0.0178 m3
/s, Fs=0.801 m/s (kg/m3)0.5: (a) upstream profile;
(b) downstream profile.
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Figurell: Liquid velocity vectors on the tray
decks. a) Tray 1, b) Tray 2. Fs= 1.015 m/s
(kg/m%)°®® Q,=0.0178 m®/s, x= 3cm.
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Figurel2: Liquid volume fraction contour on a
vertical section plan (y, x) 0.05 m from the tray
center for Fs= 0.462 m/s (kg/m®)®°, Q,=0.00694
3
m-/s

Figurell (a) and 11.(b) illustrate the
liquid velocity vectors on horizontal plane
at 4 cm above the deck of trays 1 and 2.
Those figures confirm that liquid flow on
the trays is not only un-symmetrical but also
is different at any time for each tray. Near
the outlet downspout, there is an increase of
flow in the vertical direction as the effect of
the weir becomes significant.  This
observation suggested simulating whole
columns, if computer hardware is not the
controlling factor.

To visualize the flow of liquid a contour
plot of liquid volume fraction is provided in
Figure 12. Liquid volume fraction contour
is for a vertical section in plan (y, x) that is
0.05 m from the central plan. Fs and Q_
were 0.462 m/s (kg/m*)°® and  0.00694
m?/s, respectively.

7. Conclusion

A computational fluid dynamics (CFD)
model was developed for describing the
hydrodynamics of a column having two
sieve trays. The tray geometries were based
on the FRI commercial-scale sieve tray
based on Solari and Bell’s sieve tray [13].
The assumption of symmetry for the tray
simulation is not reliable and assumption of
similar tray hydrodynamic for multi- tray
columns is not valid. Additionally, it was
concluded that whilst a column with more
than one tray required more computational
efforts, a more accurate estimation of tray

hydrodynamic parameters could be obtained
only if a complete tower was simulated.

Nomenclature

Ag [m?] tray bubbling area
Ay [m?] total area of holes
Cp [-] drag coefficient
dc [m] mean bubble
diameter
Fs [m/s F-factor
(kg/m*)°]
g [m.s?] | gravity acceleration
he [m] clear liquid height
h¢ [m] froth height
hw [m] weir height
Lw [m] weir length
MeL | [kg.m?s?] interphase
momentum transfer
Ps [N.m?] | gas- phase pressure
PL [ N.m-2] liquid- phase
pressure
QL [m®.s™] liquid volumetric
flow rate
e [-] gas- phase volume
fraction
e [-] Average gas hold-
up fraction in froth
r [-] liquid- phase
volume fraction
t [s] time
U [m/s] x-component of
velocity
\/ [m/s] y-component of
velocity
wW [m/s] z-component of
velocity
Vs [m/s] gas- phase velocity
vector
Vo [m/s] liquid- phase
velocity vector
Vs [m/s] gas- phase
superficial velocity
based on bubbling
area
Vslip [m/s] slip velocity

The important advantage of the CFD
simulation is that the influence of tray
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geometry is automatically taken into Greek Symbols

account by thg CFD pode. We conclu_de that Mg g [kg.m™.sT] [ Effective viscosity
CFD simulations prior to constructing the ’ of gas
computational fluid dynamics of trays are ’ of liquid

walltlpg. QS amost all publlshled data are of G [kg.m”] gas density

Solari and Bell for one tray column. oL [kg.m'3] liquid density
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